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Liquid-Solid Mass Transfer in Packed Beds 
with Downward Concurrent Gas-Liquid Flow 

CHARLES N. SATTERFIELD 
MICHAEL W. VAN EEK 
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GARY S. BLISS 

Mass transfer coefficients were determined by measuring the rate of soh- 
tion of cylindrical 3 or 6 mm benzoic acid tablets into water in the presence 
of flowing nitrogen, helium, or argon. Gas flow rates varied from 0 to 1.6 kg/ 
(m2.s) and liquid flow rates from 0.5 to 25 kg/(mZ.s), resulting in hydrody- 
namic flow patterns varying from trickle to turbulent pulse types of flow. 
In the pulse regime, the mass transfer coefficient was markedly affected by 
gas flow rate but did not depend on gas density explicitly if correlated in 
terms of an energy dissipation function. 
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Massochusettr Institute of Technology 
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SCOPE 

I t  is necessary to be able to characterize liquid-solid mass 
transfer in packings representative in size and shape to 
those encountered in industrial trickle-bed reactors and at 
gas and liquid flow rates representative of industrial prac- 
tice in order to understand some of the reasons for the 
performance of existing reactors and to design and scale- 
up new reactors. 

Until fairly recently, the only information available was 
a study by van Krevelen and Krekels (1948) in the ab- 
sence of forced gas flow. During the course of the present 
work, several other studies were published (Table 1) based 
in almost all cases on measurements of the rate of solution 
of a slightly soluble organic material in water in the pres- 

ence of air or nitrogen. In the present work, mass trans- 
fer coefficients were similarly determined by measuring the 
rate of solution into distilled water of benzoic acid cylindri- 
cal tablets, 3 X 3 or 6 X 6 mm in size. However, a wide 
range of flow conditions was covered, from single phase 
liquid flow in the presence of stagnant gas to highly puls- 
ing gas-liquid flow. Liquid flow rates were varied from 0.5 
to 25 kg/(mZ.s). Gas flow rates were varied from 0 to 1.6 
kg/(m2.s) and encompassed a tenfold variation in gas 
density by use of helium and argon as well as nitrogen. 
The mass flow rates of liquid and gas studied encompass 
essentially the whole range of interest in industrial trickle- 
bed reactors. 

CONCLUSIONS AND SIGNIFICANCE 

The nature of the flow regime has a major influence on 
the rate of mass transfer, and different types of correla- 
tions are applicable in different regimes. 

Results were obtained in terms of the product ks4, 
where ks is the liquid-solid mass transfer coefficient, and 4, 
which was not measured separately, is the fraction of the 
external surface area of the packing that is wetted with flow 
ing liquid. Values of ks+ varied by a factor of about 50 
over the range of conditions studied and are expressed in 
terms of a Sherwood number. At a constant gas flow rate 
and particle size, ks+ always increased with increased liq- 
uid flow rate. At fixed liquid flow rate and particle size, 
increasing gas flow rate from zero increased mass transfer 
by a maximum of only about 10% within the trickle regime 
but increase to cause pulsing increased mass transfer by a 
factor of as much as 2.6. A decrease in particle diameter 
from 6 X 10-3 to 3 X 10-3 m caused an increase in ks+ 
in all flow regimes. 

0001-1541-78-9476-0709-$01.05. 0 The American Institute of Chemi- 
cal Engineers, 1978. 
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A packed bed may be caused to flood deliberately, for 
example, by forcing the liquid exiting from the bed to flow 
upwards through an external tube before allowing it to flow 
downward; again. At  zero or low gas flow rate, when the 
bed is not caused deliberately to flood, the true hydrody- 
namic flow pattern may be trickle flow with incomplete or 
complete wetting, or the bed may instead flood naturally, 
as shown schematically on Figure 8. 

Correlations are presented for predicting mass transfer 
in the various regimes, and present results are compared 
and contrasted to previous studies, For incomplete wetting 
(Re < 60), our data and the data of Specchia et al. (1976) 
for cylinders are correlated by Equation (4). For flooded 
flow, mass transfer is well predicted by the equation of 
Carberry (1960) rewritten for cylinders as Equation (3). 
In the pulse regime, mass transfer coefficients are well de- 
scribed by an energy dissipation function, Equation (13). 
When thus expressed, the mass transfer coefficient did not 
depend explicitly on gas density. 
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Fig. 1. Flow regimes: C = Charpentier et al. (1971) 3 mm spheres, 
IS = Sat0 et  al. (1972) 8 or 2.5 mm spheres, 2s = Soto et 01. 

(1973) 8 or 5.6 mm spheres, W = Weekman and Myers 
(1964) 3.8 to 6.5 mm spheres. 

Mass transfer between a flowing liquid and a bed of 
solid particles in the presence of a flowing gas is of con- 
cern in a variety of chemical engineering applications. 
Oi immediate interest here was the nature of this process 
in a reactor in which a liquid and a gas pass concurrently 
downward through a packed bed of catalyst particles. 
For succinctness, the term trickle bed is frequently used 
to refer to any system of this type, although in fact the 
hydrodynamic behavior varies considerably with condi- 
tions, as will be described. 

The objective of this study was to characterize liquid- 
solid mass transfer in packings representative of indus- 
trial catalysts and at gas and liquid flow rates typically 
encountered in industrial reactors. A recent review (Sat- 
terfield, 1975) describes trickle-bed reactors in general 
and other aspects of their mass transfer characteristics. 

At the onset of this work, only one paper had appeared 
in the literature on the subject, a study by van Krevelen 
and Ksekels (1948) in the absence of forced gas flow. 
During the course of our investigation, at least seven 
other closely related studies were published, which are 
compared and contrasted to o w  results. 

FLOW REGIMES 

An understanding of the nature of the flow regime 
and how it changes with operating variables is important 
in interpreting and correlating mass transfer effects. Figure 
1 summarizes a number of studies by showing the 
boundaries between different flow regimes as reported 
by various investigators for nonfoaming air-water sys- 
tems. Actually, of course, the transition between regimes 
is gradual, and the boundaries are also affected by par- 
ticle size and shape. They would also be altered by the 
physical properties of other liquids and gases and by the 
particular point in the bed at which observations are 
made, since the flow pattern can change with axial 
position. Table 1 summarizes some of the more important 
experimental variables in previous relevant mass transfer 
studies, and Figure 1 helps provide orientation as to the 
type of flow pattern that was probably encountered in 
each. 

The region of primary industrial interest encompasses 
liquid mass flow rates of about 0.5 to 25 kg/(mZ.s), 
equivalent to superficial velocities of 6 to 290 ft/hr for 
a liquid of unit specific gravity. In hydroprocessing of 
fuels, as in hydrotreating, hydrodesulfurization, hydso- 
cracking, etc., gas to liquid ratios range from about 500 
to 10000 SCF of hydsogedbbl of Iiquid. Gas mass flow 
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Fig. 2. Apporatus. 

rates u p  to about 1.6 kg/(m2*s) are a reasonable re- 
flection of these industrial conditions. 

The flow regimes of particular interest here are those 
described as trickle, ripple, and pulse. Generally speaking, 
these are encountered successively as one increases liquid 
flow rate a t  a constant gas rate, or vice versa. In  the 
trickle regime, the liquid flows over the packing under 
the effect of gravity in essentially laminar films or rivulets 
which, however, may not be in contact with one another. 
The pressure drop as recorded by a manometer does not 
fluctuate. As gas or liquid flow rate is increased, the 
liquid appears to become more turbulent, and many 
small ripples are seen. Occasional pulses may appear 
near the bottom of the column. The pulse regime is 
characterized by a large degree of turbulence in the bed, 
with a visible pulsing of sections of higher density (mostly 
liquid) and lower density (mostly gas) through the 
column. The pulse regime first developed at  the exit and, 
with fixed liquid rate, occurred further towards the top 
of the column as gas flow was increased. 

EXPERIMENTAL APPARATUS AND PROCEDURE 

Liquid-solid mass transfer was determined by measuring the 
rate of dissolution of a sparingly soluble solute, benzoic acid, 
in distilled water in the presence or absence of nitrogen or 
another gas, with the apparatus shown in Figure 2. The trickle 
bed was a circular glass column approximately 70 cm long 
and with an inside diameter of 6.96 cm, packed in three sec- 
tions. The dissolving section in the center (5) contained ben- 
zoic acid cylindrical tablets, which had been made in a tablet- 
ing press, either approximately 6 x 6 or 3 x 3 mm. The inert 
entrance section ( 4 )  and the inert exit section ( 6 )  contained 
cylindrical particles of nearly the same size as the benzoic acid 
tablets, made of aluminum oxide or aluminum oxide/silicon 
oxide. The pellets in the inert exit section were nonporous and 
rested on a 16 x 16 mesh stainless steel screen. 

Pressure drop and temperature were measured at the pres- 
sure taps (1 and 2 )  by manometers ( 8  and 9)  and thermo- 
couples, respectively. Various manometer fluids were used, de- 
pending on the pressure drop. Manometer 9 measured the pres- 
sure drop between point 2 and the atmosphere. 

Prepurified gas and the distilled water were introduced at 
the top of the column through a distributor (3)  which had 
been carefully designed so as to provide excellent uniform 
initial distribution of gas and liquid. The outlet plate of the 
distributor had forty-three liquid outlets and eighteen gas out- 
lets. The gas supply was obtained from two cylinders con- 
nected in parallel, and the gas flow rate was measured by one 
of the two rotameters ( l o ) ,  depending on the flow rate. Dis- 
tilled water was produced in a still (14)  and then stored in 
an approximately 250 1 stainless steel tank (15). Prepurified 
nitrogen from a cylinder was used to pressurize the tank to 
20 or 30 Ib/in.2 gauge. The liquid flow rate was metered by 

one of the two rotameters (ll), depending 011 the flow rate. 
After passing through the bed, the gas was vented to the at- 
mosphere and the liquid flowed into a funnel (13) ,  either di- 
rectly or via a bed flooder and bed flooder draining tube ( 7 ) .  
From the funnel the liquid flowed into the exit line from 
which timed samples of liquid could be taken when desired. 

It was considered desirable to compare results obtained in 
trickle flow at zero gas rate with results obtained in flooded 
flow at the same superficial liquid velocity. In the trickle re- 
gime, liquid falls onto the packing at the top of the column 
and trickles through the packing under the effect of gravity. 
In flooded flow, liquid flows through the packing by forced 
convection, and liquid fills all the void space between particles. 
Generally, the column was first operated in the flooded state 
and then after being drained, in the trickle regime at the same 
superficial liquid flow rate and zero gas rate, before (still at 
the same liquid flow rate) proceeding to a finite gas rate. Here 
measurements were made at each of one or several gas flow 
rates, the superficial liquid rate being kept constant. (At no 
time during the draining of the bed from the flooded state 
was the liquid flow into the column decreased or stopped.) The 
bed was caused to flood by forcing the exiting liquid to flow 
upwards through an external tube (the bed flooder) before 
allowing it to flow downwards again (through the bed flooder 
draining tube). 

Upon introducing new flow conditions, for example, going 
from flooded flow to the trickle regime at zero gas flow rate, a 
transition period was encountered of considerable length, es- 
pecially at a low liquid flow rate, before a new steady state 
rate of mass transfer was observed. These times were usually 
much longer that would be calculated for flush out of liquid 
from the exit inert packing section, even if we assume that 
this section behaved as a CSTR, and it appears that consider- 
able time (compared to that for flush out of the liquid) was 
required under some conditions for a new steady state degree 
of wetting to be reached after ithe flow pattern was changed 
by changmg the gas flow rate. 

The ratio of dissolving section height to tablet diameter was 
at least 16, and the percent saturation of exit liquid was at 
most 65% (which was only for flooded flow) and usually be- 
tween 9 and 40 %. Mass transfer coefficients were calculated 
by Equation ( l ) ,  which assumes plug flow of the liquid. 

The value of cexit was determined by titration with sodium hy- 
droxide. The length of any run was limited so that the change 
in A, from beginning to end as the packing dissolved typically 
did not exceed about 11%. The pellets remained smooth dur- 
ing solution, and calculations assumed that the cylindrical 
shape was maintained but allowance was made for the de- 
crease in A,. The fractional wetting of the particles was not 
measured directly, so the results yield values of the product 

The heights of the dissolving section, the inert entrance sec- 
tion, and the inert exit section were typically 10.7, 20.9, and 
21.8 cm, respectively, for the 6 mm cylinders and 5.8, 17.9, 
and 29.3 cm, respectively, for the 3 mm cylinders. 

Bliss (1976) studied the dissolution of 3 mm benzoic acid 
cylindrical tablets into water in the presence of helium, nitro- 
gen, or argon in order to determine some effects of gas den- 
sity. The liquid flow rate was kept fixed at 5 kg/(m2 . s ) ,  and 
the gas flow rate was vaned over a wide range such that 
trickle type of flow was observed at the lower rates and pulse 
type of flow at the higher rates. 

kS@. 

REPRESENTATIVE RESULTS AND DISCUSSION 

Experiments were conducted at  about room tempera- 
ture a t  liquid Schmidt numbers between 940 and 2 114 
and liquid Reynolds numbers between 1.50 and 196. 
Reynolds and Sherwood numbers were based on dp', the 
equivalent particle diameter. 

Results are presented in terms of Sh4/Sc1/3 rather 
than 7 ~ 4 ,  since there were small variations in temperature 
between different runs. Convective mass transfer a t  a 
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high Schmidt number would be expected to be cor- 
related by this ratio, with a one third power on S c .  The 
liquid viscosity varied between extremes of 0.90 x 
and 1.23 x 10-3 kg/(m.s). The liquid density was 
taken to be constant at 1 000 kg/m3. 

A meaningful correlation of data can proceed only 
from recognition of certain phenomena which significantly 
affect the results. The two most important here are: 

1. The hydrodynamic flow pattern. 
2. The partial and erratic wetting of packing and the 

effect on this of preflooding. Various reports in the litera- 
ture and our own inspection indicate that wetting cannot 
be assumed to be complete at liquid flow rates below 
about 5 to 10 kg/(m2*s). 

Both phenomena are affected by the gas and liquid 
flow rates and particle size. Figures 3 through 6 show 
some typical results for representative combinations of 
L, G, and d, and some measure of the degree of scatter 
of the data, In these figures, circles and triangles at 
any one value of G indicate data taken at different times 
from the start of a run, holding G constant, but after 
a steady state value of S h + / S c 1 / 3  had been reached. A 
square indicates the average of a steady state time series 
during any one run, and several squares indicate the 
results of several steady state time series. The spread 
between circles in the trickle and ripple regimes is prob- 
ably caused in part by erratic wetting of the solid about 
some steady state average value of +. The spread between 
squares is an indication of reproducibility of results. The 
symbol 0, F on the abscissa refers to single-phase flooded 
condition and 0, T to trickle flow conditions at zero 
gas velocity. All results shown in Figure 3 through 6 
were obtained with nitrogen as the gas phase. 

L = 4.9 k g / W  * s); d p  = 6 x IO-Sm [Figure 3) 
The average value of S h 4 / S c 1 / 3  for flooded flow at 

zero gas rate was 11.9 -t 4.5%. Changing to the trickle 
regime (G = 0, T )  increased this value by about 25%, 
even though (p decreased from unity. This trend agrees 
with findings reported by Goto and Smith (1975a), 
Goto et al. (1975), and Hirose et al. (1976) and can 
be attributed to an increase in interstitial liquid velocity 
caused by the decrease in liquid holdup from E .  The 
average value was 14.9 2 6.2%. One would expect the 
reproducibility to be less in the trickle regime than for 
flooded flow as the added complication of incomplete 
(and erratic) wetting appears. 
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and d ,  = 3 x 10-3111. Pulse regime had been entered a t  G = 0.4. 

Introducing a low gas flow caused no significant change 
in the mass transfer rate. At a gas flow rate of 0.40 
kg/ (mz-s) , a significant interaction between gas and 
liquid started taking place with rippling, incipient pulsing 
and accompanying turbulence, and the mass transfer 
began to increase significantly. At G = 0.80, the bed 
was operating in the very turbulent pulse regime, and 
at G = 1.64, S ~ + / S C ’ / ~  was 59% higher than at G = 
0, T .  

A gas flow can increase liquid-solid mass transfer in 
a trickle-bed system in three ways: by increasing the 
wetting factor 4, by decreasing the liquid holdup and 
therefore increasing the interstitial liquid velocity, and 
by introducing or increasing the level of turbulence in 
the system. All of these mechanisms are important and 
are noticed especially as the system enters the pulse 
regime. The significant increase in mass transfer upon 
entering the pulse regime was also noticed by Hirose 
et al. ( 1976). 

L = 4.9 kg/(m2 - 5 ) ;  d, = 3 X l 0 - h  (Figure 4) 
Comparison of Figure 4 with Figure 3 shows the 

effect of a smaller particle size. Here, the values of 
S h + / S c 1 / 3  for flooded flow and in the trickle regime at 
zero gas rate are just about equal, whereas with 6 mm 
particles, mass transfer in the trickle regime was higher 
than in flooded flow. It  appears that the decrease in 
mass transfer caused by decreased wetting in the trickle 
regime (from that in flooded flow) counterbalanced the 
increase in mass transf er caused by the decrease in 
liquid holdup and increase in interstitial liquid velocity 
upon going from flooded to trickle conditions. Again, a 
low gas flow rate did not cause any increase in mass 
transfer. At G = 0.4 kg/(m2-s),  the pulse regime had 
been entered and the mass transfer increased by 22%. 
At G = 1.65 kg/(m2.s), the mass transfer was 94% 
greater than at G = 0, T .  

The effect of decreasing particle diameter was to in- 
crease ks+, both in flooded flow and in the trickle regime, 
since S ~ ~ / S C ’ / ~  contains d, as a variable but does not 
double between 3 and 6 mm cylinders. Results by 
Gianetto (1976) show that at zero gas rate in the trickle 
regime and at this liquid flow rate, 4 is about 10 to 15% 
lower for 3 mm cylinders than for 6 mm ones. Taken 
together with the results for Sh+/Sc1/3, this means that 
at  zero flow rate ks itself (without 4) in both flooded 
flow and the trickle regime is higher for 3 mm cylinders 
than for 6 mm cylinders. 
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L = 0.48 kg/(m2 $1; dp = 6 )( lO-3m (Figure 5) 
Figure 5, in contrast to Figure 3, shows that at a low 

liquid flow rate, mass transfer is much less, as would be 
expected. Going from flooded flow to the trickle regime 
produced a marked drop in Sh+/Sc1I3. Presumably, the 
wetting factor 4 in the trickle regime at G = 0, T was 
low enough (probably smaller than 0.5) to outweigh 
the increased interstitial velocity effect. 

Overall, the effect of gas flow rate at this low liquid 
flow rate, where no pulse regime is encountered, seems 
to be small and erratic. This agrees with the findings of 
Hirose et al. ( 1976). 
L = 25 kg/(m2 - s); d p  = 6 X lO-3m or 3 X l 0 - h  
(Figure 6 )  

Comparison of Figure 6 with Figures 3 and 4 reveals 
the considerable effect of increased liquid velocity on 
mass transfer at any specified gas velocity, for either 
size of packing. 

As was the case at L = 4.9, mass transfer here in- 
creased upon going from flooded flow to the trickle 
regime for the 6 mm particles. However, with the 3 mm 
particles, the bed flooded itself, and a true trickle regime 
did not develop. In general, at sufficiently high liquid 
flow rates and/or sufficiently small particle diameters, 
a trickle regime will not exist at G = 0, and the bed 
floods naturally. 

The effect of introducing a gas flow at L = 25 kg/ 
(m2.s) was marked. The liquid holdup, which at G = 0 
was originally close or equal to the void fraction e, de- 
creased considerably. A great amount of turbulence was 
also created in the bed as the regime changed from 
trickle to pulse. 

The effect of decreasing particle diameter at L = 25 
(where + = 1 at G = 0, T for both particle sizes) was 
again to increase ks, both at G = 0, F and G = 0, T. 
Further Observations 

The largest mass transfer coefficient k& measured 
was 1.21 x m/s at L = 25 kg/(m2-s), G = 1.63 
kg/(m2-s), and dp about 3 x 10e3m. The smallest mass 
transfer coefficient ks+ measured was 2.27 x m/s 
at L = 0.48 kg/(mZ.s), G = 0.0094 kg/(mZ-s), and a 
dp of about 6 x 10-3m, constituting a range of varia- 
tion of about 50. 

The effect of gas flow rate or the nature of the gas 
or1 mass transfer was very small in the trickle regime 

50r A 
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Fig. 6. Effect of gas flow rate on ShqVSc113, L = 25 k g / W  * S) 
and d p  = 6 x lO-3m or 3 x lO-3m. Pulsing with foaming at G 

= 0.4 and d p  = 3 x lO-3m. 

but was marked in the pulse regime, with mass transfer 
continuing to increase with an increase in gas flow rate 
at fixed liquid flow rate. These trends are in agreement 
with those found by other researchers, except those re- 
ported by Specchia et al. (1976). At an intermediate 
liquid flow rate, they reported a considerable increase 
in mass transfer as gas flow was increased at relatively 
low gas flow rates. As gas flow rate was further increased, 
mass transfer reached an asymptotic value or decreased 
slightly. These marked increases in mass transfer with 
gas flow rate were reported. at a liquid flow rate as low 
as 1.6 kg/(mZ.s). The reasons for this difference are 
not clear but may be associated with the fact that their 
column had no inert packing in the exit section, so their 
flow pattern may have been different at a specified set 
of flow rates, We noted that at a fixed liquid rate, as 
gas flow was increased, pulsing began at the bottom of 
the column and then moved up the column. Sato et al. 
(1973) similarly noted such progression as liquid flow 
rate was increased. It would be interesting to investigate 
whether the lengths of the inert entrance and exit sec- 
tions and the type of support screen (for example, mesh 
size and void fraction) influence liquid-solid mass trans- 
fer in trickle-bed systems, over a range of gas flow rates 
such as 0 to 1.6 kg/(m2-s), both before and after the 
pulse regime has established itself along the whole length 
of the column. 

G , k g  / ( r n 2 . s  I 

CORRELATION OF RESULTS 

Of previous experimental studies on mass transfer, as 
listed in Table 1, several are not readily comparable with 
our results in a brief way. Goto et al. (1975) studied 
crushed pellets of @naphthol or naphthalene at Rey- 
nolds numbers up to 14 and at zero or very low gas 
flow rates. In the region of the same Reynolds number, 
their mass transfer rates were substantially higher than 
ours or those reported by Specchia et al. (1976). This 
most probably is because in the Goto et al. calculations, 
particles were taken to be spheres, the diameter of 
which was calculated as the average mesh size opening, so 
the true area would be considerably greater, but to an 
unknown degree. They studied granules, in contrast to 
tablets, and of a different solute, and possibly these may 
have been more completely wetted. 

Sato et al. (1972) correlated their data in terms of 
an enhancement factor which was expressed as a func- 
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tion of a Lockhart-Martinelli parameter. These data of 
Sato et al. are discussed with a more detailed esplana- 
tion by Hirose et al. (1976) who also introduce addi- 
tional information. The Sylvester-Pitayagulsarn results 
(1975) as later corrected (1976) are fairly consistent 
with ours at L = 5 kg/(m2-s), but at  L = 25 kg/(m2.s), 
their equation predicts values considerably lower than 
those measured by us. They report that ks became 
independent of the liquid rate at values of L greater 
than 8.6 kg/(m2-s), an effect which was not found by 
Lemay et al. (1975), Sato et al. (1972), or Hirose et al. 
(1976). These and other previous studies are discussed 
and analyzed in detail by van Eek (1977). 
Moss Transfer in Absence of Gas Flow 

Comparison of measured values of ks+ at zero gas 
flow for the two tablet sizes with an approximate value 
from a stagnant film model provides orientation. This 
may be roughly estimated by assuming + = 1 and 
arbitrarily assuming that one half of the voids between 
the packing is filled with liquid and that the effective 
path length is one half of the average film thickness A. 
This gives ks = D/(A/2) = 2D/(h,/a,) = 4Da,/~, 
where a, is the outside area of the packing per unit bed 
volume. Measured values were about 40% of those thus 
estimated at L = 0.5 kg/(m2*s) but were greater than 
those estimated by a factor of 1.5 to 2.9 at L = 4.8 and 
by a factor of 3.5 to 6.0 at  L = 25. At the lowest value 
of L, wetting is presumably not complete. 

Figure 7 shows the present mass transfer results at 
zero gas flow rate together with those of Specchia et al. 
(1976) for pure water at zero gas flow rate. All data 
points were taken in the trickle regime except those 
marked X ,  which represent flooded flow. The raw data 
of Bliss (1976) were recalculated, and the values of 

Sh+/Sc1/3 given here are slightly different than those 
in his thesis. The line marked C represents the equation 
by Carberry (1960) for flooded flow and void fractions 
of 0.3 to 0.4. VK&K represents the equation by van 
Krevelen and Krekels (1948) for what they call “film- 
like” flow, also for void fractions of 0.3 or 0.4. 

In order to interpret Figure 7, certain features of it 
are discussed with the aid of Figure 8, which is on the 
same coordinates. The simplest type of correlation that 
could be expected for liquid-solid mass transfer in the 
trickle regime at zero gas flow rate would be one of 
the type 

where LY and B are constants. 
The line marked TR represents such a correlation for 

the trickle regime. The line marked FF, which is the 
correlation for flooded flow, is of the same form as 
Equation (2) but with different values of LY and 8. In 
keeping with the experimental results, the two lines are 
shown to cross since higher values of Sh+/Sc1l3 were 
found in flooded flow than in trickle flow at low sups-  
ficial flow rates. The slope of the line FF is about 0.5 
as has been reported in the literature by, for instance, 
Carberry (1960). The slope of the line TR is greater 
than 0.5, reflecting an increase in both the trickle flow 
Shenvood number and the wetting factor + as Re in- 
creases. At some value of Re, however, the fraction of 
the packing wetted with flowing liquid becomes unity 
and no longer increases. At this point, indicated on 
Figure 8 by the vertical dashed line marked 4 = 1, 
the slope of the line TR changes. Now only Sh increases 
with Re, and the situation is one of film flow over a com- 
pletely wetted packing. The slope changes to a value 
which is lower than 0.5, in agreement with the results 
reported by Hirose et al. (1974) for film flow on single 
spheres at higher liquid flow rates. 

As Re increases, the liquid film thickness increases 
until, probably rather abruptly, films on adjacent particles 
coalesce and the bed becomes naturally flooded. At this 
point, indicated in Figure 8 by the vertical dashed line 
marked he = f, mass transfer behavior reverts to that 
observed in flooded flow, and at higher values of Re 
the appIicable correIation is the line FF. Consequently, 
there is a step change at he = E ,  indicated by the arrow 
pointing downwards, The position of the line he = E 

will depend on such variables as the particle diameter 
and the void fraction. 

This postulated behavior explains the individual fea- 
tures of Figure 7. The data obtained here for 3 and 6 
mm cylinders in flooded flow agreed very well with 
Carberry’s equation 

Sh/Sc1/3 = 1.15~-1/2Rel/2 (3)  
In the trickle regime at conditions of incomplete wet- 

ting, the present results at Re 6 60 including those by 
Specchia et al. (1976) at their higher Reynolds numbers 
all lie along the line Z1. This is represented by Equation 
(4)  with average absolute percentage deviation of 10.8% : 

Sh+/Sc”3 = a R d  (2) 

Sh+/Sc1/3 = 0.815 ReO.822 (4)  
The two trickle regime points at Re = 97 and at 190 
are less than would be predicted by Equation (4) .  The 
latter point is for 6 mm cylinders, and operation is in 
the region in Figure 8 between the two dashed vertical 
lines. Wetting is complete, but the bed is not yet natu- 
rally flooded. For the former point, which is for the 3 
mm cylinders, operation is probably in the region to the 
right of the line he = E in Figure 8. 

The equation proposed by Specchia et al. (1976) for 
correlation of all their data in the trickle regime at zero 
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gas flow rate and those of Goto and Smith (1975~)  
has S& proportional to Re0334 in their nomenclature. 
This equation gives numerical values which agree with 
those from Equation (4) within about *13% over the 
range of Reynolds numbers they studied. At Re < 20, 
their data in Figure 7 fall below what is predicted by 
Equation (4) .  It is possible that at these lower liquid 
flow rates their system had not reached a state of equi- 
librium wetting when they took their data, or that a 
different initial state of their bed may have led to a 
different level of equilibrium wetting, Several observers 
have noted that a long time may be required for an 
initially dry bed to reach equilibrium wetting and that 
prewetting or preflooding considerably improves the sub- 
sequent degree of wetting. 

The mathematical expression for the data of Specchia 
et al. in Figure 7 at Re f 20 (line Z3 in Figure 7) was 
found by a least-squares fit to be given by Equation (5), 
with an average absolute percentage deviation of 4.7 % : 

S&/Sc1/3 = 0.266 Re1J47 ( 5 )  
The point of branching from line Zl to Z2 (the latter 

representing the trickle regime at zero gas flow with 
complete wetting) likely depends on the values of u 
and uC [see discussion after Equation (7)], and the 
value of Re at which this branching takes place and 
4 = 1 is possibly not independent oi particle size. The 
two points available for the system benzoic acid/water 
and the 6 mm cylinders give the following equation for 
line ZZ, but additional data are needed to develop a more 
correct expression for this region: 

Sh/Sc1/3 = 8.14 Re0.% (6)  

The power on Re in Equation (6) is consistent with 
some findings by Miyashita et al. (1975) According to 
an abstract of their work, they found experimentally that 
for laminar flow of a liquid film on a horizontal cylinder 
(presumably completely wetted), the exponent of the 
Reynolds number was 1/9 (which agreed with their 
theoretical model) in their smaller Reynolds number 
region and increased with the Heynolds number, ap- 
proaching 1/3. 

The lines marked VK&K in Figure 7 represent a rear- 
ranged version of the "filmlike flow" findings of van 
Krevelen and Krekels (1948) who studied granular par- 
ticles at liquid flow rates below 3.7 kg/(m2*s) in liquid 
continuous or filmlike flow. In the latter case, apparently 
no forced flow of gas was applied (Krekels, 1972), so 
it would seem that this was trickle flow at zero gas flow 
rate. These lines [given by Equation (7) ]  lie well 
above all the data points shown in Figure 7: 

Sh+/Sc1/3 = 4.879( 1 - ~ ) ~ / ~ R e ~ / z  (7) 
Further correlations of the data represented by Equa- 

tion (4)  and of data of Specchia et al. (1976) taken 
at a different value of liquid surface tension were made 
by van Eek (1977). These included the effect of gravity, 
taken into account by the Galilei number Ga. At low 
liquid flow rates, the effect of liquid surface tension 
should be important when wetting is incomplete, and 
this was taken into account by the Suratman number Su 
and the group u/uc, where vC is the critical surface 
tension of the liquid for a particular packing material 
as defined by Onda et al. (1967). The resulting expres- 
sions are probably a better representation of the physical 
situation, but they contain a greater number of terms, 
and there is inadequate evidence as yet of their degree 
of applicability. 

The effect of gas flow rate is illustrated by Figures 
3 through 6. For the trickle regime. where the gas flow 
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is nonzero but the ripple or pulse regime was not encoun- 
tered, gas flow rate has little effect on mass transfer. As a 
general observation, its enhancing effect, if any, amounts 
to an increase in the mass transfer coefficient of about 
10% or less. 

PULSE REGIME 

In turbulent flow, the rate of mass transfer may be 
usefully related to the degree of energy dissipation, and 
t h i s  approach has been used by Calderbank and Moo- 
Young (1961) for a number of systems including mass 
transfer to a single fluid in packed beds. They derived 
the proportionality 

where x and y are constants. 
They then assumed that ks was explicitly independent 

of 4. After further assuming that ks is proportional to 
D2I3, x = 1/3 and y = 1/4. Heat and mass transfer 
coefficients, as reported by a variety of workers, were 
thus correlated by Calderbank and Moo-Young by Equa- 
tion (9)  : 

This last equation was found to hold over seven orders 
of magnitude of the power dissipation function [ (Po/u) 
* p / p 2 ]  1/4/Sc2/3 for heat and mass transfer to suspended 
partxles in turbulent fluids and to apply as well for 
heat and mass transfer to a single h i d  in packed beds 
and in pipes for turbulent flow. 

With two-phase flow in packed beds, various formula- 
tions of a power dissipation function are readily con- 
ceivable, and it is not clear a priori which might be 
preferable, Lemay et al. (1975) studied mass transfer 
to 6.25 mm spheres in the pulse regime at values of L 
between 13 and 40 kg/(m2*s). They correlated their 
data by an equation of the Calderbank Moo-Young form 
utilizing the power dissipation by the liquid phase ex- 
pressed per unit mass of external liquid holdup, desig- 
nated as EL', which resulted iri Equation ( 10) : 

kSSc2/3 = 0.20 ( E L ' p L / p L )  ' I 4  (10) 

If the Calderbank, Moo-Young assumption that ks 
is proportional to D2f3 is retained but ks is taken to be 
a function of dp, it can be shown that in the context 
of the present study Equation ( 8 )  can be formulated as 

- = m [  kSd,' E L ' ( d d 1 4 0 L 3 T  ( - PL )I13 (Ilu) 
D PL3 P L D  

or 

where m and n are constants and the bracketed ex- 
pression on the right-hand side is the Kolmogoroff number. 

The data obtained in the pulse regime in the present 
study are plotted utilizing each of these two approaches 
in Figures 9 and 10. The results of Bliss are slightly 
higher than those of van Eek for reasons that are not 
completely clear. Start-up was the same, but in the Bliss 
procedure, after measurements were made with flooded 
flow, the bed was drained relatively quickly which may 
have given a slightly higher wetted fraction and/or per- 
haps a lower liquid holdup and higher superficial velocity. 

Figure 9 shows ICS+SC~/~ as a function oE EL'PL/PL. 
In evaluating EL', the experimentally measured values 
of ( - A P / z ) L G  were used, and h, was calculated from 
the findings of Sat0 et al. (1973~) .  The line marked 
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Fig. 9. Effect of EL’ ( p L / p ~ )  on k s q W / S .  Pulse regime. 

200 

Fig, 10. Effect of KO on Sh$/Scl/S. Pulse regime. See Figure 9 for 
legend. 

LPR represents the correlation of Lemay et al. (1975), 
Equation ( 10). These researchers studied experimental 
conditions for which EL’ varied between 1.75 and 10 
W/kg (1  W/kg = 1 m2/s3), and E L ’ ( ~ I . / P L )  varied 
between 160 x and 906 x m4/s4. This is in- 
dicated on Figure 9 as the region between the bases of 
the two arrows. The sections of the line LPR outside the 
two arrows are extrapolations. 

The present results at L = 25 kg/(m2-s) for 3 and 6 
mm cylinders (represented by the top three points) agree 
well with the findings of Lemay et al., the average de- 
viation from their equation being 6.3%. All the other 
results, which were at a liquid flow rate of 5 kg/(m2.s), 
but still in the pulse regime, fall below the Lemay et al. 
correlation by an average of about 35%. A least-squares 
fit of these lower data points retaining the exponent of 
one fourth resulted in a proportionality constant of 0.13 
instead of 0.20 in Equation (10).  This is identical to 
the Calderbank, Moo-Young equation, Equation (9) .  
The average absolute percent deviation was 8.5%. It 
will be necessary to conduct further experiments at 
liquid flow rates above 5 kg/(m2-s) and especially 
between 5 and 13 kg/(m2.s) to truly understand why 
mass transfer in the pulse regime follows a different 
behavior at high liquid flow rates than at the intermediate 
liquid flow rate of 5 kg/(m2-s), with the proportionality 
constant changing to 0.20 from 0.13. Other than L, the 
heights of the inert entrance and exit sections may be 
important and may have a different effect at intermediate 
values of L than at high values of L. 

Figure 10 shows the present data plotted as Sh4/Scl/3 
vs. KO, in accordance with Equation ( l l b ) .  The line 
marked LPR in Figure 10 again represents the equation 
by Lemay et al. which, in terms of the coordinates used 
in this figure, is given by 

Sh4/Sc1/3 = 0.20 K00.25 (12) 

For the conditions studied by Lemay et  al., KO varied 
between 33 x 108 and 188 x 108, the range between 
the bases of the two arrows in Figure 10. Here, KO 
varied between 0.76 x 108 and 240 X lo8. 

Again, present results at  L = 5 kg/(m2.s) fall below 
the Lemay et al. correlation by an average of 34%. A 
least-squares fit of all the lower data points in Figure 
10 was performed to an equation of the type ( l l b )  
and is shown as Equation ( 13) : 

The average absolute percent deviation of the data from 
this e uation is 7.2%. 

If 91 e Calderbank, Moo-Young assumption that ks is 
explicitly independent of dp is valid, then KO should 
appear to the 0.25 power in Equation (13). It would 
appear that this assumption is not quite true, but addi- 
tional study is needed in the intermediate liquid-flow rate 
area of the pulse regime to fully substantiate Equation 
(13). It is perhaps surprising that the Kolmogoroff ap- 
proach works this well here, since it is unclear from 
theory whether or not the level of turbulence is adequate 
for this approach to be made. 

Power dissipation here is always much greater in the 
gas phase than in the liquid phase, which suggests that 
E’ should be reformulated to contain ( U , , ~ , G  + us up,^) 
instead of ugup,L, which leads to different numerical values 
of KO. However, use of K o G + L  did not correlate the data 
as well as K o L ,  and it appeared that this approach over- 
emphasized the effect of the gas velocity. 

In a few of the pulsing runs, foaming occurred, but 
foaming did not seem to affect significantly the depen- 
dence of ks on EL’. However, the dependence of EL’ 
on liquid and gas flow rates is probably different in 
foaming pulsing flow than in the ordinary pulse regime. 
Effect of Gas Density 

Most trickle-bed reactors are used for hydrogenation, 
and in the petroleum industry, they are usually operated 
under pressure. The gas phase may contain considerable 
quantities of components other than hydrogen. On the 
other hand, laboratory studies usually have been made 
at  1 atm pressure, utilizing air or nitrogen. There is 
little information to indicate the effect of gas density on 
the liquid-solid mass transfer coefficient, The studies 
here (Bliss, 1976) utilizing helium, nitrogen, and argon 
show the effect of a tenfold variation in gas density under 
a limited set of circumstances, the dissolution of 3 mm 
cylinders at  the fixed liquid flow rate of 5 kg/(m2.s). A 
variety of methods of correlation were attempted, but 
neither gas velocity, gas phase Reynolds number, nor 
gas mass flux was capable of correlating the mass transfer 
coefficients for all three gases employed. From Figures 
9 and 10, it is noteworthy that the mass transfer co- 
efficient does not depend explicitly upon gas density 
if it is correlated in terms of an energy dissipation function. 
Further Studies 

Some of the variables which still cause considerable 
uncertainty in predicting mass transfer in this type of 
contactor are: 

1. The nature of the flow pattern, for example, natural 
flooding in contrast to trickle flow, encountered with 
relatively small packing. 

2. The length of the time required for a system to 
come to steady state, especially at low liquid flow rates. 

3. The change in hydrodynamic flow pattern with 
axial distance. Trickle flow may occur at the top and 
pulsing flow at the bottom. The nature of this pattern 
and hence measurements reported from laboratory studies 
may be significantly affected by the height of the dis- 
solving section and by the heights and design of en- 

S & / S C ’ / ~  = 0.334 K O O . ~ ~  (13) 
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trance and exit sections. 
4. The degree of wetting. This is affected by inter- 

facial tension and other variables. Measurements 6f 
mass transfer are needed in systems with different wetting 
characteristics than that of water with benzoic acid or 
other closely related slightly soluble organic solids. 
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NOTATION 

C 

EL 

EL’ 

G 
Ga 

KO 

= cross section of the column, m2 
= total external area of the packing in the dissolv- 

ing section, m2 
= concentration of solute in the bulk of the liquid, 

kg/m3; cexlt for liquid leaving the column, c,,t 
for saturation concentration 

= diffusivity of solute in the liquid, m2/s 
= true particle diameter, m 
= equivalent particle diameter of a sphere having 

the same surface area as the particle in question, 
m; dpl = [A,/(~,.v)]~/~ 

= power dissipation by the liquid phase per unit 
volume of bed, W/m3, = ( - A P / Z ) L G . U , ~ ~ J ,  

= power dissipation by the liquid phase per unit 
mass of external liquid holdup, = EL/(hepL), 
W/kg = 1 m2/s3 

= superficial gas mass flow rate, kg/ (m2*s) 
= liquid phase Galilei number = g (c) 3p2/p2. 
= gravitational acceleration, m/s2 
= external liquid holdup, m3 of liquid/m3 of bed 

= liquid phase Kolmogoroff number = E~’(dpl)~ 
volume 

- .  ~ 

PL‘/PL’ 
ks = liquid-solid mass transfer coefficient, m/s 
L = superficial liquid mass flow rate, kg/(m2.s) 
L, = superficial volumetric liquid flow rate, m3/ ( m2-s) 
”p = number of particles in the dissolving section 
( -&‘/z)Lc = two-phase pressure drop per unit length 

PO/U = power dissipated per unit volume of continuous 

Re = liquid phase Reynolds number, = usuppd;/p 

Sc = Schmidt number of liquid, = p/ (pD)  
Sh = Sherwood number of liquid, = ksd,’/D 
Su = liquid phase Suratman number, = uCEP’p/$ 
usup* u,,,,~ = superficial liquid velocity in the column, m/s 
u,,,,G= superficial gas velocity in the column, = G / p G ,  

where pc is evaluated at  the local column condi- 
tions of pressure and temperature (m/s) 

of column, for gas-liquid flow, N/m3 

phase, W/m3 

(same as Ldp’/p) 

Greek Letters 
A = average film thickness, m 
c = void fraction in packed bed 
c, ILL, = viscosity of the liquid phase, kg/(m*s) 
PG = viscosity of the gas phase, kg/ (m - s )  
p, pL = density of the liquid phase, kg/m3 
pc = density of the gas phase, kg/m3 
u = surface tension of the liquid phase, N/m 
4 = fraction of the external surface area of the pack- 

ing (in the dissolving section) that is wetted 
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with flowing liqwid; (p varies between zero and 
on0 
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